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Introduction

According to the US Energy Information Administration [1] (EIA, 2020), the world's energy consumption will rise by nearly 50% between 2018 and 2050. The inability to attend that increase using conventional energy sources, such as fossil fuels, has made it important to discover new ways to produce energy. Similarly, the climate change and greenhouse gas emissions issue encourages the development of techniques to reduce the impact of these emissions while creating economic wealth and limit the global temperature increase to a given degree [START_REF] Catizzone | CO2 Recycling to Dimethyl Ether: State-of-the-Art and Perspectives[END_REF][START_REF] Centi | Opportunities and Prospects in the Chemical Recycling of Carbon Dioxide to Fuels[END_REF]. Carbone capture and storage technologies must be supported by its conversion into high value-added products in order to successfully limit its increase in the atmosphere [START_REF] Pontzen | CO2-Based Methanol and DME -Efficient Technologies for Industrial Scale Production[END_REF][START_REF] Rubin | The Cost of CO2 Capture and Storage[END_REF][START_REF] Li | Advances in CO2 Capture Technology: A Patent Review[END_REF][START_REF] Yu | A Review of CO2 Capture by Absorption and Adsorption[END_REF][START_REF] Saeidi | Hydrogenation of CO2 to Value-Added Products-A Review and Potential Future Developments[END_REF][START_REF] Song | Global Challenges and Strategies for Control, Conversion and Utilization of CO2 for Sustainable Development Involving Energy, Catalysis, Adsorption and Chemical Processing[END_REF]. Nearly all CO2 emissions originate from fossil fuels, distributed among the various sectors (transport, industry, heating, electricity, etc.). The power-to-fuel concept allows the synthesis of useful products for several purposes (fuel, petrochemical feedstock, etc.) through the CO2 hydrogenation reaction [START_REF] Leonzio | Methanol Production by CO2 Hydrogenation: Analysis and Simulation of Reactor Performance[END_REF]. The CO2 hydrogenation opens the way for the introduction of renewable energies in the CO2 recovery chain. The total cost of the process based on the CO2 hydrogenation for the production of high value-added products depends strongly on the price and availability of hydrogen and its production method [START_REF] Grové | Producing a CO2-Neutral Clean Cooking Fuel in India -Where and at What Cost?[END_REF][START_REF] Al-Kalbani | Comparative Energetic Assessment of Methanol Production from CO2: Chemical versus Electrochemical Process[END_REF].

Moreover, with the generalization of the CO2 environmental taxes, chemical industries are incited to restrict their CO2 emissions and to use hydrogen obtained from intermittent carbonfree sources, in order to meet both environmental and economic requirements [START_REF] Atsonios | Investigation of Technical and Economic Aspects for Methanol Production through CO2 Hydrogenation[END_REF]. However, today's industries can benefit from the opportunities offered by the use of CO2 as a raw material [START_REF] Centi | Opportunities and Prospects in the Chemical Recycling of Carbon Dioxide to Fuels[END_REF].

In this context, synthesis of methane (methanation), methanol, dimethyl ether (DME) and olefins from DME have in common that they are exothermic and balanced. These reactions, in addition to their exothermicity and thermodynamic equilibrium, are the subject of strong industrial demand for the distributed production and co-valorization of industrial carbon oxides and hydrogen from intermittent decarbonated sources. In addition, these reactions cover a wide range of cases in terms of enthalpies, operating conditions and technical, environmental and economic criteria (market scope, product selling price, etc.).

In this work, the DME direct synthesis from a CO2-rich input mixture and hydrogen is considered as a case study. Industrial synthesis of DME has attracted attention in recent years due to these advantages and these different markets [START_REF] Chen | One-Step Synthesis of Dimethyl Ether from the Gas Mixture Containing CO2 with High Space Velocity[END_REF][START_REF] Arcoumanis | The Potential of Di-Methyl Ether (DME) as an Alternative Fuel for Compression-Ignition Engines: A Review[END_REF]: promoter alternative fuel for diesel vehicles with low emissions of NOx, SOx and harmful gases [START_REF] Semelsberger | Dimethyl Ether (DME) as an Alternative Fuel[END_REF][START_REF] Alam | Performance of NOX Reduction Catalysts with Simulated Dimethyl Ether Diesel Engine Exhaust Gas[END_REF][START_REF] Kajitani | Fundamental Research on Next Generation Fuel (Dimethyl Ether) Engines[END_REF][START_REF] Song | Performance of a Controllable Premixed Combustion Engine Fueled with Dimethyl Ether[END_REF]; aerosol propellant [START_REF] Bîldea | Optimal Design of Intensified Processes for DME Synthesis[END_REF][START_REF] Farsi | Modeling, Simulation and Control of Dimethyl Ether Synthesis in an Industrial Fixed-Bed Reactor[END_REF]; similar characteristics to LPG in terms of physicochemical properties, handling and storage [START_REF] Marchionna | Fundamental Investigations on Di-Methyl Ether (DME) as LPG Substitute or Make-up for Domestic Uses[END_REF][START_REF] Saravanan | Recent Progress for Direct Synthesis of Dimethyl Ether from Syngas on the Heterogeneous Bifunctional Hybrid Catalysts[END_REF][START_REF] Larson | Dimethyl Ether (DME) from Coal as a Household Cooking Fuel in China[END_REF]; powering hydrogen-rich fuel cells [START_REF] Semelsberger | Generating Hydrogen-Rich Fuel-Cell Feeds from Dimethyl Ether (DME) Using Physical Mixtures of a Commercial Cu/Zn/Al2O3 Catalyst and Several Solid-Acid Catalysts[END_REF][START_REF] Yoo | Fuel Cells Using Dimethyl Ether[END_REF]; petrochemical filler for the synthesis of high value-added products (olefins, diethyl sulfate, etc.) [START_REF] Pérez-Uriarte | Kinetic Model for the Reaction of DME to Olefins over a HZSM-5 Zeolite Catalyst[END_REF][START_REF] Nasser | Dimethyl Ether to Olefins over Dealuminated Mordenite (MOR) Zeolites Derived from Natural Minerals[END_REF][START_REF] Bauer | The Use of Dimethyl Ether as an Organic Extraction Solvent for Biomass Applications in Future Biorefineries: A User-Oriented Review[END_REF][START_REF] Cordero-Lanzac | Insight into the Deactivation and Regeneration of HZSM-5 Zeolite Catalysts in the Conversion of Dimethyl Ether to Olefins[END_REF].

Two methods are considered for the DME synthesis: the indirect and direct methods.

Feasibility and economic advantages have led the researchers to prefer the direct synthesis in which methanol is formed and instantaneously converted to DME on a hybrid/ bifunctional catalyst (a mixture of metallic and acid functions: Cu-ZnO-Al2O3/δ-Al2O3 or HZSM-5, etc.) in the same reactor [START_REF] Cai | Direct Dimethyl Ether Synthesis from Syngas on Copper-Zeolite Hybrid Catalysts with a Wide Range of Zeolite Particle Sizes[END_REF][START_REF] Spivey | Review: Dehydration Catalysts for the Methanol/Dimethyl Ether Reaction[END_REF]. The process implemented to carry out the DME synthesis already shows a diversity of design configurations between reaction, heat exchange and separation pieces of equipment [START_REF] Azizi | Dimethyl Ether: A Review of Technologies and Production Challenges[END_REF][START_REF] Mondal | Perspective of Dimethyl Ether as Fuel: Part II-Analysis of Reactor Systems and Industrial Processes[END_REF]. Similarly, different catalyst types have been proposed in the literature [START_REF] Saravanan | Recent Progress for Direct Synthesis of Dimethyl Ether from Syngas on the Heterogeneous Bifunctional Hybrid Catalysts[END_REF][START_REF] Mondal | Perspective of Dimethyl Ether as Fuel: Part I[END_REF].

The DME direct synthesis from carbon oxides and hydrogen involves the consideration of the balanced following reactions: 

In this reaction system, there is a trade-off between kinetics and thermodynamics. The literature results, whether from simulation or experiment, have shown that the presence of CO2 in the reactor feed is not in favor of the DME production [START_REF] Ereña | Direct Synthesis of Dimethyl Ether From (H2+CO) and (H2+CO2) Feeds. Effect of Feed Composition[END_REF][START_REF] Jia | A Comparative Study on the Thermodynamics of Dimethyl Ether Synthesis from CO Hydrogenation and CO2 Hydrogenation[END_REF][START_REF] Ng | Kinetics and Modelling of Dimethyl Ether Synthesis from Synthesis Gas[END_REF]. This is mainly due to the water accumulation which has an adverse effect on both catalyst activity and methanol dehydration kinetics. The presence of excess water shifts the equilibrium in the opposite direction, reducing the production of the desired product and its selectivity. For these reasons, the call for intensification of the DME direct synthesis process is necessary to provide chemistry with the concept that will fulfill its needs.

Different techniques have been proposed in the literature for the water removal from the reaction zone, namely the water removal by sorption, or using a hydrophilic membrane or staged intercooling and condensation [START_REF] Iliuta | Sorption-Enhanced Dimethyl Ether Synthesis-Multiscale Reactor Modeling[END_REF][START_REF] Iliuta | Dimethyl Ether Synthesis with in Situ H2O Removal in Fixed-Bed Membrane Reactor: Model and Simulations[END_REF][START_REF] Bayat | Efficient In-Situ Water Adsorption for Direct DME Synthesis: Robust Computational Modeling and Multi-Objective Optimization[END_REF]. In this work, the coupling to a hydrophilic membrane will be preferred for water removal. The feasibility of membrane integration to enhance conventional processes has already been demonstrated in the literature for different reaction types at different operating conditions, for different purposes and in different ways [START_REF] Gallucci | An Experimental Study of CO2 Hydrogenation into Methanol Involving a Zeolite Membrane Reactor[END_REF][START_REF] Gorbe | Preliminary Study on the Feasibility of Using a Zeolite A Membrane in a Membrane Reactor for Methanol Production[END_REF][START_REF] Gallucci | A Theoretical Analysis of Methanol Synthesis from CO2 and H2 in a Ceramic Membrane Reactor[END_REF][START_REF] Moon | Design Guide of a Membrane for a Membrane Reactor in Terms of Permeability and Selectivity[END_REF][START_REF] Struis | Verification of the Membrane Reactor Concept for the Methanol Synthesis[END_REF][START_REF] Khajavi | Application of a Sodalite Membrane Reactor in Esterification-Coupling Reaction and Separation[END_REF][START_REF] Mardanpour | Enhancement of Dimethyl Ether Production with Application of Hydrogen-Permselective Pd-Based Membrane in Fluidized Bed Reactor[END_REF][START_REF] Choi | Material Properties and Operating Configurations of Membrane Reactors for Propane Dehydrogenation[END_REF][START_REF] Khassin | Sustainable Strategies for the Upgrading of Natural Gas: Fundamentals, Challenges, and Opportunities[END_REF]. In particular, the membrane types required in the DME direct synthesis for selective water removal are somehow specific: membranes must exhibit a certain thermal and mechanical stability, a high water selectivity and a high transmembrane flux. A family of hydrophilic inorganic membranes has been proposed in the literature and they have been well described in the works of Rohde et al. [START_REF] Rohde | Fischer-Tropsch Synthesis with In-Situ H20 Removal by a New Hydrophilic Membrane -An Experimental and Modelling Study[END_REF][START_REF] Rohde | Fischer-Tropsch Synthesis with in Situ H2O Removal -Directions of Membrane Development[END_REF] and others [START_REF] Gallucci | Introduction -A Review of Membrane Reactors[END_REF][START_REF] Espinoza | Use of Membranes in Fischer-Tropsch Reactors[END_REF][START_REF] Hsieh | Inorganic Membranes for Separation and Reaction[END_REF]. These are mainly zeolite microporous, amorphous microporous and polymer membranes. These membranes differ in their synthesis method, structure, pore size, thickness, or transfer mechanism through the membrane, etc. Literature works [START_REF] Najari | Enhancement of Hydrogenation of CO2 to Hydrocarbons via In-Situ Water Removal[END_REF][START_REF] De Falco | Selective Membrane Application for the Industrial One-Step DME Production Process Fed by CO2 Rich Streams: Modeling and Simulation[END_REF][START_REF] De Falco | Membrane Reactor for One-Step DME Synthesis Process: Industrial Plant Simulation and Optimization[END_REF] also reviewed different interesting points on this subject (results synthesis and comparison, membrane classification, etc.). According to these works, the zeolite microporous membrane is the favorite candidate to meet the criteria of their applicability in the DME direct synthesis [START_REF] Iliuta | Dimethyl Ether Synthesis with in Situ H2O Removal in Fixed-Bed Membrane Reactor: Model and Simulations[END_REF][START_REF] Rohde | Fischer-Tropsch Synthesis with In-Situ H20 Removal by a New Hydrophilic Membrane -An Experimental and Modelling Study[END_REF][START_REF] De Falco | Selective Membrane Application for the Industrial One-Step DME Production Process Fed by CO2 Rich Streams: Modeling and Simulation[END_REF][START_REF] Diban | Influence of the Membrane Properties on the Catalytic Production of Dimethyl Ether with in Situ Water Removal for the Successful Capture of CO2[END_REF][START_REF] Diban | Improved Performance of a PBM Reactor for Simultaneous CO2 Capture and DME Synthesis[END_REF]. Several kinds of zeolite membranes exist (Zeolite A, Chabazite, ZSM-5 and silicate-1 with MFI structure, Modernite, etc.) and they have been considered in several cases in the literature [START_REF] Gallucci | An Experimental Study of CO2 Hydrogenation into Methanol Involving a Zeolite Membrane Reactor[END_REF][START_REF] Piera | Characterization and Separation Properties of a Composite Mordenite/ZSM-5/Chabazite Hydrophilic Membrane[END_REF][START_REF] Caro | Zeolite Membranes -State of Their Development and Perspective[END_REF][START_REF] Salomón | Synthesis of MTBE in Zeolite Membrane Reactors[END_REF][START_REF] Zhu | Water Vapour Separation from Permanent Gases by a Zeolite-4A Membrane[END_REF][START_REF] Rezai | Water/Hydrogen/Hexane Multicomponent Selectivity of Thin MFI Membranes with Different Si/Al Ratios[END_REF][START_REF] Coronas | Characterization and Permeation Properties of ZSM-5 Tubular Membranes[END_REF][START_REF] Bowen | Fundamentals and Applications of Pervaporation through Zeolite Membranes[END_REF][START_REF] Bernal | Mordenite and ZSM-5 Hydrophilic Tubular Membranes for the Separation of Gas Phase Mixtures[END_REF]. The ZSM-5/MFI membrane provides permeances in the range of 10 -7 -10 -6 mol/ (m 2 s Pa) and a permselectivity of water to hydrogen above 10 in temperature range [200-300] °C, which makes it suitable for the DME direct synthesis intensification [START_REF] Rohde | Fischer-Tropsch Synthesis with In-Situ H20 Removal by a New Hydrophilic Membrane -An Experimental and Modelling Study[END_REF]. Membrane integration enables improvement in reactor performance when applied in a one-step process, where the inhibition of methanol dehydration kinetics is attenuated. Coupling to a membrane not only allows to shift the thermodynamic equilibrium but also ensures the catalyst activity by avoiding the crystallization of Cu and ZnO contained in the metallic catalyst and the loss of surface area, and ensures higher reaction rates by avoiding the decrease of reagents partial pressures by dilution [START_REF] Wu | The Stability of Cu/ZnO-Based Catalysts in Methanol Synthesis from a CO2-Rich Feed and from a CO-Rich Feed[END_REF].

Moreover, it is recognized that for this type of reaction, a high hot spot could be expected leading to catalyst deactivation or even reactor runaway [START_REF] Lu | Simulation and Experiment Study of Dimethyl Ether Synthesis from Syngas in a Fluidized-Bed Reactor[END_REF][START_REF] Kim | Effect of Water on Liquid Phase DME Synthesis from Syngas over Hybrid Catalysts Composed of Cu/ZnO/Al2O3 and γ-Al2O3[END_REF][START_REF] Ereña | Deactivation of a CuO-ZnO-Al2O3/γ-Al2O3 Catalyst in the Synthesis of Dimethyl Ether[END_REF]. However, due to both the exothermic nature and a thermodynamically limited conversion, and due to the harmful effects of the water presence in the reaction medium, simultaneous coupling to a heat exchanger and membrane separation is required. The integration of multiple functions within an equipment is a potential source of economic and energetic gains, especially when balanced exothermic reactions are intensified thanks to innovative coupling approaches [START_REF] Behloul | Simulation of Reactors under Different Thermal Regimes and Study of the Internal Diffusional Limitation in a Fixed-Bed Reactor for the Direct Synthesis of Dimethyl Ether from a CO2-Rich Input Mixture and H2[END_REF].

The process intensification concept is in continuous evolution both in research and industrial fields [START_REF] Fernandez Rivas | Process Intensification Education Contributes to Sustainable Development Goals. Part 1[END_REF][START_REF] Keil | Process Intensification[END_REF][START_REF] Harmsen | Process Intensification in the Petrochemicals Industry: Drivers and Hurdles for Commercial Implementation[END_REF]. In this context, the concept of multifunctional reactors, coupling several elementary functions is not a commonly-used approach, and their implementation did not become generalized due to a lack of manufacturing and design methodology [START_REF] Behloul | Simulation of Reactors under Different Thermal Regimes and Study of the Internal Diffusional Limitation in a Fixed-Bed Reactor for the Direct Synthesis of Dimethyl Ether from a CO2-Rich Input Mixture and H2[END_REF]. The rise of numerical simulation tools has allowed their development on a case-by-case basis, to the detriment of general engineering methods based on the characteristic properties of the systems under consideration. Generally, to deal with such a process problem, a question should be asked: what is the proper strategy to intensify and for which problem? A possible way to answer this question consists in analyzing the system limitations. According to the previous description, three limitations can be identified at least: limitation by transfer, limitation by a thermodynamic equilibrium and a limitation by a risk related to the process exothermicity.

To address this point, the present work will discuss an approach that has not been reported in the literature for the DME direct synthesis from a CO2-rich feedstock and H2. This approach is based on the use of characteristic times and dimensionless numbers for different purposes : (i) to quantify the impact of couplings on the performance of the synthesis, with a view to targeting intensification strategies that will take advantage of their synergies; (ii) to identify the sensitivity of reaction, heat-transfer and transmembrane permeation rates on the reactor performance; (iii) to establish the appropriate ranges in which mass and heat transfer coupling is/are required to intensify the process; and (iv) to define a comprehensible approach of compact reactor sizing from the limitations identification.

Modeling and simulation

Method overview

Fig. 1 presents an overview of the considered approach. Among the set of possible limitations, the identification of process limitations by characteristic time analysis will help the choice and design of a specific equipment. Analysis of characteristic times allows to compare the fundamental phenomena to the operating parameters imposed by the process operating conditions. The comparison of these fundamental characteristic times makes possible to identify the limiting phenomenon and to define design or sizing strategies aiming at removing this limitation. The characteristic time of a phenomenon is a measure of its own rate: a low characteristic time indicates a fast phenomenon and conversely. Using this approach allows to gather the various phenomena affecting the reactor performance on a single scale: the time scale. Moreover, the ratio of two characteristic times provides a dimensionless number, and these numbers characterize the different transport phenomena and their competitions within the reactor (mass transfer, heat transfer, convective transport). A good understanding of these characteristic times leads to the definition of an approach for the design of an intensified reactor enables to remove selectively the limitations that reduce the reactor performances.

Independence of reactions

For a global approach, the number of independent reactions can be obtained by a simplified method suggested in the literature [START_REF] Villermaux | Génie de la réaction chimique: conception et fonctionnement des réacteurs; Tec & doc[END_REF], mainly based on the following principle: in a system with reactions and 2 species with stoichiometric coefficients O , (1 ≤ ≤ 2; 1 ≤ ≤ ′) a sub-matrix (w #,C ) with as many rows ( ≤ ) as possible has to be derived from the main matrix of stoichiometric coefficients (w # ,C ) for an identical number of columns (species number), so that no coefficient (O ) can be found satisfying the following condition (equation ( 5)):

∑ O O , # y[ = 0 (5) 
The principle is to convert the main matrix (w # ,C ) into a step matrix (reduced step). The number of rows not completely filled with zeros of this stepped matrix corresponds to the independent reactions number ( ). Once the number ( ) is identified, all the other rows are just a linear combination of the other reactions. The final choice of independent reactions differs from one model to another, which is also the case for the DME direct synthesis. The number of the independent reactions is reported in the literature for the DME direct synthesis:

it is equal to 3.

In this work, the Nie et al. [START_REF] Nie | Intrinsic Kinetics of Dimethyl Ether Synthesis from Syngas[END_REF] model, based on the Langmuir-Hinshelwood mechanism, considers the first three reactions (equations (1), ( 2) and (3)) described above, and the reaction rates expressions are given as follows: The kinetic parameters of this model as well as the equilibrium constants considered are presented in Table 1 and Table 2. The choice of this model has previously been detailed [START_REF] Behloul | Simulation of Reactors under Different Thermal Regimes and Study of the Internal Diffusional Limitation in a Fixed-Bed Reactor for the Direct Synthesis of Dimethyl Ether from a CO2-Rich Input Mixture and H2[END_REF].

= [ = + [

Table 1

Kinetic parameters for the considered model [START_REF] Nie | Intrinsic Kinetics of Dimethyl Ether Synthesis from Syngas[END_REF]. 

Reactor configuration

The schematic reactor configuration proposed in this work is shown in Fig. 2. The proposed reactor consists of two coaxial tubes. For mechanical stability reasons and easy handling of the ratio between catalyst mass and membrane area, the inner tube corresponds to the membrane and is surrounded by the reaction zone. Under the driving force influence, the produced water is forced to leave the reaction zone (RZ) towards the permeation zone (PZ).

Fig. 2. Schematic view of the considered multifunctional reactor configuration.

A sweep gas (N2) flows through the inner tube in co-current with respect to the feed in order to carry the permeated gas outside the permeation zone and/or to keep the partial pressure of the permeated gas as low as possible. The annular space between the two tubes refers to the reaction zone where the catalytic particles for the DME direct synthesis are packed. A heattransfer fluid surrounds the second tube to remove the heat generated in the reaction zone due to the exothermic nature of the global process. As the effect of the membrane thickness is included in the permeance factor, for simplification reasons, an overall internal diameter is considered in the balance equations. The transmembrane molar flux for species , described by equation ( 6), is defined as the product of a driving force through the membrane (partial pressure difference) and the membrane specific properties (permeance Ƥ and total active area Ă). In this work, only water and hydrogen can permeate through the membrane in order to evaluate the influence of the interaction between reaction, heat exchange and quasi-real zeolite membrane separation on the process intensification of the dimethyl ether direct synthesis from CO2-rich input mixture.

" #$, = Ă Ƥ 4 () OEF () -F *) * •Ž * •Ž • (6) 
The considered reactor model is based on the following assumptions: The external mass transfer can also be neglected after post-processing verification of the value of the external resistance fraction ( , ! << 1) [START_REF] Schweich | Génie de la réaction chimique[END_REF] or the Mears' criterion computation (Mc<0.15) [START_REF] Mohagheghi | Study of the Effects of External and Internal Diffusion on the Propane Dehydrogenation Reaction over Pt-Sn/Al2O3 Catalyst[END_REF]. Hydrocarbon production is not considered in this paper.

Dimensionless heat and mass transfer balances

The heat and mass balance equations will be expressed as a function of the dimensionless numbers described below, making it possible to both exploit the wide range of operating conditions and to better understand the coupling between reaction, heat exchange and separation. These dimensionless numbers characterize the different transport phenomena within the reactor (mass transfer, heat transfer, convective transport). The mass balances in the reaction zone and in the permeation zone are described respectively by equations ( 7) and [START_REF] Saeidi | Hydrogenation of CO2 to Value-Added Products-A Review and Potential Future Developments[END_REF]. In order to make it easier for the readers to interpret the temperature profile (heat distribution) within the reactor, the heat balance will include the dimensionless numbers as well, but is kept in dimensional temperature. Otherwise, one can easily make the heat balance totally dimensionless by taking ; * = ; ; C ⁄ -1 and ; < * = ; < ; C ⁄ -1. The energy balance is given by equation [START_REF] Song | Global Challenges and Strategies for Control, Conversion and Utilization of CO2 for Sustainable Development Involving Energy, Catalysis, Adsorption and Chemical Processing[END_REF].
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Where denotes the species index (CO2, CH3OH, CO, H2, H2O, DME, inert), denotes the reaction index 1 ≤ ≤ and ' denotes the key reaction (methanol dehydration to DME, equation ( 3)). In these equations, O , denotes the stoichiometric coefficient of species in reaction , ∆@ is the enthalpy of key reaction ' at temperature ;, ; is the local temperature,

; < is the coolant temperature, † is the heat capacity of species at constant pressure,

= * = = + 4 ª ™ ⁄
is the dimensionless rate of reaction , J is the pressure order related to the kinetic

constant + . " * () *) = " () *) " C () *) « is the dimensionless molar flow rate, G * = G -. ⁄ is the dimensionless position along the reactor, " † ¬ = -" * † C •Ž y[ + -" * † C •Ž y[
. All other parameters are described in Table 3 with the definition of each dimensionless number.

Table 3

Set of governing dimensionless numbers for the considered model. The residence time is related to the reactor inlet conditions, and is involved in the three Damköhler dimensionless numbers, in which it is compared to the suitable characteristic time.

A characteristic time informs on the phenomenon rate: a phenomenon is as fast as its characteristic time is low and inversely [START_REF] Commenge | Intensification des procédés par microstructuration[END_REF]. In order to get used to these dimensionless numbers, a high means a high heat-transfer rate, and a low means a small permeation rate through the membrane. The membrane reactor behaves like a conventional reactor without membrane at very low values. In order to avoid repetitive parts in the present work and to properly interpret the results, detailed explanations of the physical meaning of the characteristic times will be given further in the paper.

Table 4 shows the explicit definition of these ratios of dimensionless numbers and how the transfer phenomena rates can be affected by the design parameters and operating conditions.

Table 4

Explicit definition of dimensionless number ratios.

Parameter Design parameter Reaction process conditions Table 4 shows that diameter, permeance (including membrane thickness) and heat-transfer parameters influence the transfer rates (characteristic times), and should allow, through their parameterization, the design of more efficient compact reactors.

The described balances can be adapted in the simulation part according to the type of coupling, coupling 'reaction-heat exchange' (R-E), coupling 'reaction-separation' (R-S) and coupling 'reaction-heat exchange-separation' (R-E-S) as follows:

> -Ë → = 0, F C *) = 0 > -? → = ∞ > -Ë -? → , ≠ 0, ≠ 0, ≥ 0.
The heat exchange modes can be managed as follows:

Ð& 8ℎ = → = ∞ w Ñ 8 Ò → = 0 Ð& † = Ñ Ò → ≠ 0.
The inlet boundary conditions are:

" * () *) G * = 0 = F , C () *) 4 () G * = 0 = 4 C 4 *) G * = 0 = U 4 C ; G * = 0 = ; C
The total molar flow rates in the two zones and the partial pressures are updated at each axial position. The correlations allowing the calculation of the various parameters and properties of the gaseous mixture (compressibility factor H, heat capacity †, density ρ, viscosity μ, average molecular weight 3, etc.) are reported in Supporting Information.

All the balance differential equations have been implemented in MATLAB R2019b. The 'ode15s' solver, adapted to stiff systems, has been used to integrate the reactor. For accuracy reasons, the relative and absolute tolerances are set respectively at 10 -8 and 10 -6 .

The reactor properties and the operating conditions considered are summarized in Table 5.

Table 5

Reactor geometry, operating conditions. 10), ( 11), ( 12) and ( 13)):

Õ z7 Ö = 1 - ~'×oe Ø' ×oe • ÙÚ § ~'×oe Ø' ×oe • "Û (10) 
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Results and discussion

In order to get insight and to understand the effect of each of the dimensionless numbers (coupling effect) on the simulation results, some preliminary results are presented in Fig. 3 and Fig. 4.

Fig. 3 shows the Damköhler numbers effect on the CO2 and H2 dimensionless flow rate evolution. In Fig. 3a and Fig. 3c, the smaller the characteristic reaction time (higher key reaction Damköhler , ), the faster the kinetics at the reactor inlet: this is reflected by various initial slopes. In Fig. 3b, coupling to a membrane ( > 0) breaks the thermodynamic equilibrium barrier, leading to a higher reagent conversion at the reactor outlet. As the characteristic transfer time through the membrane increases ( decreases), the reactor behavior approaches that of a conventional reactor. In Fig. 3d, the initial slope of the profile at low merges with the initial slope of the profile under adiabatic conditions ( = 0). This means that the heat generation time (characteristic reaction time) is very small compared to the characteristic heat-transfer time. Increasing the improves the heat-exchange quality by efficiently removing the reaction's heat.

Fig. 4 shows a generalized view of the results presentation in the (T; X) path for different couplings. Fig. 4a and Fig. 4b illustrate respectively the impact of coupling to a heat exchange and to a membrane separation. In the following, cartographic representations will be used to define global ranges of transfer phenomena rates in order to identify the various limiting mechanisms, and to show how the coupling between these elementary functions would be beneficial for both of them.

Reaction-Separation coupling

Fig. 5 shows the effect of , and on the final COX (CO2+CO) conversion for ideal water permselectivity ~?6 7/6 = ∞• (Fig. 5a) and real permselectivity ~?6 7/6 = 38• (Fig. 5b) at Tin = 250 °C (isothermal mode). In Fig. 5a, it should be mentioned that, in the case of a large reaction time (slow reaction), the rate of the overall process depends only on the reaction rates. This means that in the low , region, the process is limited by reaction kinetics and the coupling to a membrane is not useful. For a very large or very small characteristic transfer time through the membrane (very small (data not shown in Fig. 5a) or very large , respectively), a conversion plateau appears and shows almost no sensitivity to , and/or . This can be explained as follows: in the low region, the characteristic transfer time through the membrane is much larger than the reaction time: the transfer through the membrane is unable to remove water properly leading to an equilibrium plateau. Under these conditions, the process is limited by the transfer through the membrane. At high , values, membrane permeation enables to remove water from the reaction zone, but, at same time, enriches the permeation zone rapidly with the permeated species. This decreases the driving force along the reactor length, reducing the usefulness of the membrane coupling only to the upstream of the reactor as shown in Fig. 6. In region with high , , the conversion is very sensitive to the permeation rate through the membrane in the range between 0.6 and 10.

Fig. 5 shows not only the ranges of reaction and separative Damköhler numbers to be considered to reach a specific conversion, but also that the optimum point is shifted to the left if the membrane is not ideally water-selective (Fig. 5b). The zone in which a plateau with a relatively high reaction Damköhler is observed in Fig. 5a does not exist in the case of a nonideal membrane (? 6 7/6 ≠ ∞): the conversion is much more sensitive to the permeation rate through the membrane. In this case, the characteristic reaction time and the transfer time through the membrane are comparable. This being said, there is an optimal balance between the two phenomena at a given permselectivity. The shift of the optimum to the left from ideal case is justified as follows: the reduction of the transfer time through the membrane accelerates the species permeation through the membrane. However, a very high permeation rate also accelerates the hydrogen loss from the reaction zone, forcing the equilibrium to move in the opposite direction. Consequently, considering the membrane permselectivity is necessary for proper design optimization.

In order to get a parallel view of what is happening within the reactor, Fig. 6a and Fig. 6b present the water and hydrogen partial pressures evolution within the membrane reactor for different selectivities in the two zones and within the conventional reactor (CR) at , = 100 and = 8. Similarly, Fig. 6c and Fig. 6d show the evolution of the corresponding dimensionless molar flow rate profiles. These representations confirm the comments described above and show the drop in driving force along the reactor. Fig. 6 shows that the water profile presents a maximum in the vicinity of the reactor inlet, and also merges with the profile encountered in a conventional reactor. This is explained by a water production time (reaction time) lower than the time of its permeation through the membrane: in this zone, the process is limited by the transfer through the membrane. It should be mentioned that coupling to membrane is not only limited by the permeation rate but also to the correct parameterization of other factors influencing the membrane reactor performance.

Fig. 7 presents an overview of the species evolution within the reactor for two different points extracted from the cartographic presentation discussed in Fig. 5 at , = 100. Fig. 7a and Fig. 7b illustrate the dimensionless profiles evolution for ? 6 7/6 = ∞ at different permeation rates. Even if the final conversions obtained at the reactor outlet are very close, the evolutions within the reactor are slightly different. In the case of a low characteristic transfer time through membrane (Fig. 7b), the water is quickly transferred from the reaction zone and an equilibrium is established before the reactor half. At the same time, the permeation zone is quickly enriched with the permeated species. For a lower membrane transfer rate (Fig. 7a), the evolution within the reactor is slower and equilibrium is almost reached at the rector outlet: the limitations by transfer through the membrane are more significant compared to case (b).

Fig. 7c and Fig. 7d show the evolution of dimensionless profiles for ? 6 7/6 = 38 at different permeation rates. Although a lower transfer time through the membrane (Fig. 7d) removes water rapidly from the reaction zone compared to a relatively large time (Fig. 7c), that induces a higher loss of hydrogen from the reaction zone. Given the significance of hydrogen in this type of process, the hydrogen should be recovered by the sweep gas recycling and further water condensation, which could serve to feed the electrolyzer again.

Effect of pressure and sweep flow rate ratios (ψ and Ф)

Fig. 8 and Fig. 9 present the effect of The simulation results show that a low ψ is always helpful for performance improvement at any Ф. This is mainly related to higher transmembrane flow thanks to a higher driving force.

A figure will be presented later to describe this effect. In the same context, at a fixed pressure ratio, the increase in the sweep flow rate ratio is also beneficial. A high appropriate sweep gas flow rate keeps the water partial pressure in the permeation zone as low as possible, avoiding the rapid enrichment of the permeation zone by the permeated species and enabling more permeation for an identical characteristic transfer time through the membrane. Therefore, the transmembrane flux through the membrane is higher. Fig. 10 describes the effect of these parameters (ψ and Ф) on the driving force for a given point, marked by a circle in Fig. 8 and Fig. 9 while keeping the same order of presentation.

These figures confirm that the increase in Ф and the decrease in ψ in this case ensure a significant driving force able to reduce the limitations by transfer through the membrane. Fig. 10 also shows that from a certain couple (ψ, Ф) the maximum of the water partial profile near the reactor inlet is no more influenced by these parameters: the process remains limited in these conditions by the transfer through the membrane.

Fig. 11 shows the way to adapt the transfer time through the membrane according to the permselectivity ? 6 7/6 , and conversely, in order to reach a given COX conversion. For a large transfer time through the membrane (low ), the effect of permselectivity is not significant because the membrane reactor behavior is close to a conventional reactor. For membranes with low permselectivities, short transfer times through the membrane (high permeation rates) are not suitable for process improvement due to the reagents loss through the membrane. Coupling to this membrane type is not recommended. It is worth mentioning that the optimum location on this map is always the same regardless of ψ and Ф: only the optimum value changes according to ψ and Ф as shown above. In general, developing membranes with high permselectivities that do not ensure a proper permeation rate, or developing membranes with high permeation rates but low permselectivities, is not useful for this type of process: a trade-off between the transfer time through the membrane and permselectivity is beneficial. It should be mentioned that a minimum permselectivity of 30 is required to access a configuration where membrane coupling offers significant improvements compared to conventional reactors: this gain is attainable for a larger than 4 according to the membrane permselectivity considered.

This permselectivity condition is satisfied for current zeolite membranes 51 . The next section discusses how coupling to heat exchange could be beneficial in such a configuration, providing a win-win coupling between these elementary functions.

Reaction-Exchange / Reaction-Exchange-Separation couplings

The exothermic nature of this kind of process induces the presence of hot spots at the reactor inlet. This hot spot generally appears in this zone because of a significant transformation driving force due to the high concentrations of reagents in this zone. This means that the characteristic heat-transfer time is larger than the characteristic reaction time:

the process is limited in these regions by the heat transfer. Fig. 4a had previously shown the existence of hot spots at different . The hot spot intensity decreases with the decrease in the characteristic heat-transfer time (increasing ).

The first part of this work showed that current membranes can provide a considerable improvement over conventional reactor if they are not exposed to high temperature conditions. In addition, Fig. 10 also showed that the membrane relevance is more pronounced upstream of the reactor due to a significant driving force, and Fig. 11 showed that coupling to a membrane with low permselectivity reduces its relevance. One of the main factors reducing the membrane permselectivity is the high temperature. However, according to all these considerations, in order to preserve the properties of the currently available membranes, and to maintain the catalyst activity, coupling with an efficient heat exchange is a priority before integrating the currently available membranes.

Before discussing the coupling between the three elementary functions, an optimization of both the catalyst mass and the hot spot intensity within the reactor is presented. This point consists in the catalyst dilution in some zones of the reactor with inert solid as defined in Table 6. The inert solid density is considered the same as that of the bifunctional DME synthesis catalyst. This is managed on MATLAB by a reactor discretization with the addition of a parameter θ (0 ≤ θ ≤ 1) in the first term of the mass and heat balance equations. Where θ is given by á = /0 ~ /0 + C , • ⁄ . The catalyst distribution in Table 6 is proposed after dealing with this case separately from this paper.

Table 6

Catalyst distribution within the reactor. Fig. 12 shows both the effect of , and on COX conversion at the reactor outlet and on the hot spot reached within the reactor for two different configurations of catalyst distribution within the reactor. Fig. 12a and Fig. 12c correspond to a conventional case of catalyst distribution along the reactor (0% inert). Fig. 12b and Fig. 12d correspond to the proposed catalyst distribution (Table 6). In low , regions, the process is always limited by reaction kinetics. For a relatively high , , the process is even more limited by heat transfer the higher its characteristic time.

For a = 0, the reactor operates in adiabatic mode and the conversion is always lower than that in the case with heat transfer through the reactor wall (thermodynamic equilibrium limitation).

Fig. 12 shows that the less efficient the heat exchange (sense of decrease) the higher the hot spot within the reactor. Moreover, from a certain heat-transfer time, no conversion progress is observed due the equilibrium conditions. However, it should be mentioned that there exists an optimal characteristic heat-transfer time at which conversion is maximized while keeping a low hot spot within the reactor without reactor oversizing.

The new catalyst distribution proposed makes it possible to reduce the intensity of the hot spot at the reactor inlet for an identical outlet conversion in the interesting , regions.

This configuration allows to reduce the very low characteristic heat-transfer time requirement compared to the conventional case in order to meet the objective of a maximum conversion and a minimum hot spot. This can be observed in Fig. 12 (dashed ellipses) by milder areas at a given for an identical outlet conversion. This catalyst distribution allows not only to meet this objective but also to meet an economic criterion, since an economic gain is obtained by the use of a lower active catalyst mass for an identical output conversion (21% total catalyst reduction). 

: catalyst distribution according to Table 6) with an identical heat-transfer time. Fig. 13a shows different behaviors within the reactor for the different catalyst distributions (except for the adiabatic mode), but the final conversion is identical. For the same characteristic heat-transfer time, the proposed catalyst distribution configuration (case: isoperibolic ( 2)) reduces the hot spot intensity by around 18 °C compared to the uniform catalyst distribution configuration (case: isoperibolic (1)). Fig. 13b shows that the water production rate is reduced at the reactor inlet compared to the conventional case (isoperibolic (1)). This result allows a relatively high reaction time in this zone, which the subsequent coupling to a membrane can benefit from: the limitations by transfer through the membrane could be reduced. As a result, a proper catalyst distribution within the reactor and an efficient heat transfer allow both to preserve the catalyst metallic function and to make the membrane coupling more beneficial. This approach also allows to reproduce the isothermal simulations results of the first section.

The new catalyst distribution configuration will be taken into account for the next results. In order to have a broad insight regarding the coupling of these elementary functions, the effect of the characteristic time ratios is displayed in Fig. 14 at different targeted conversion level transfer time is lower than the reaction time, the heat transfer is able to efficiently remove the heat generated by reactions. Similarly, when the characteristic transfer time through the membrane is lower than the reaction time, the membrane transfer can effectively remove the target species from the reaction zone. In these two cases, the overall process rate depends only on the reaction rates: the process is limited by reaction kinetics. Otherwise, when the characteristic heat-transfer time is larger than the reaction time, the heat transfer cannot remove the generated heat in the reaction zone as fast as it appears. In this case, the overall process rate is limited by heat-transfer rate. Likewise, when the characteristic transfer time through the membrane is larger than the reaction time, the membrane is not able to sufficiently remove the targeted species from the reaction zone, and the overall process rate is limited by the transfer through the membrane. However, in the case of coupling between these three elementary functions, the overall process rate could be limited by both heat transfer and transfer through the membrane.

In the previous paragraphs, it has been shown that for low reaction Damköhler ( , ) the process is always limited by reaction kinetics. For this reason, relatively high , have been chosen in Fig. 14. The analysis of these maps allows to understand the phenomenon which should impose its performance with respect to the others.

Fig. 14 indicates the compatibility between reaction, exchange and separation: for a large transfer time through the membrane and a large heat-transfer time, the conversion is very low because the reactor behavior is similar to that of a conventional membraneless reactor in adiabatic mode where conversion is strongly limited by thermodynamic equilibrium. The location of the optimum in Fig. 14 shows that the membrane selectivity plays an important role in the reactor design optimization. The results clearly reveal the requirement of a tradeoff between these couplings in order to achieve optimal conditions. Under the considered operating conditions, Fig. 14 shows that a heat-transfer time relatively larger than the reaction time is preferred to reach the optimum area.

In the case of a real permselectivities ~?6 7/6 ≠ ∞• (Fig. 14c), for a medium , , the requirements in terms of transfer time through the membrane are similar to those for heattransfer time to achieve optimal results. Both characteristic times, whether for mass transfer through the membrane or heat transfer, remain slightly larger than the reaction time to achieve the best conversion. This is explained, on the one hand, by a heat-transfer time relatively larger than the reaction time for the exploitation of part of the heat generated by the reactions to accelerate the kinetics. On the other hand, a characteristic time through the membrane relatively larger than the reaction time is useful to avoid the hydrogen permeation from the reaction zone to the permeation zone. At a given heat-transfer time, a shorter transfer time through the membrane (high permeation rate) is not advised from a certain permeation rate limit: this is mainly related to the loss of hydrogen through the membrane. This limit shifts towards the high transfer times through the membrane as the desired level of conversion increases as shown in Fig. 14d. For this reason, in the case of a high desired conversion (Fig. 14d), a heat-transfer time smaller than the transfer time through the membrane becomes necessary to reach the optimal zone. In this context, a lower heat-transfer time than the masstransfer time through the membrane is recommended to avoid the decrease in permselectivity with temperature that causes the reagent loss. Fig. 14c and Fig. 14d show that the coupling to membranes with low permselectivities is not useful: a reaction-heat exchange configuration is better. In contrast, Fig. 14c and Fig. 14d show how the coupling to a heat exchange enables to properly use the membrane and to avoid the problem of decreasing permselectivity with temperature.

In the case of ideal permselectivity (? 6 7/6 = ∞), where hydrogen is kept in the reaction zone, for a medium , , Fig. 14a indicates the need for, at least, equality between reaction time and transfer time through the membrane to achieve optimal conditions. In the case of high , (Fig. 14b), the results show that an optimal result can be achieved without reactor oversizing. For a given heat-transfer time, the displacement to the optimal zone can be ensured by improving the transfer through the membrane to a certain level. The same observation holds for a given transfer time through the membrane. This point reflects the sacrifice of one to the other in order to improve the reactor performance. It has to be mentioned that the same trends are obtained for DME selectivity and CO2 conversion.

Selectivity and conversion are improved due to the water removal where methanol dehydration is not inhibited, and reactants partial pressures are not affected by dilution. In addition, due to the heat removal, catalyst deactivation is avoided, and the process temperature is brought into areas where the reaction rate is not inhibited by thermodynamic limitation.

The knowledge of these ratios clearly shows how the geometrical dimensions influence the rate of the different phenomena as shown in Table 4 and by equations ( 15) and ( 16), where 8 ( denotes the characteristic reaction time, 8 9 is the characteristic transfer time through the membrane, 8 : is the characteristic heat-transfer time, /0 is the catalyst mass, Ă is the total active membrane area, is the interfacial area of heat transfer per unit reactor volume X 0/ ), Ƥ 6 7 is the water permeance and D is the overall heat-transfer coefficient. 

The definition of these characteristic time ratios also allows to identify the operating parameters set by the process operating conditions (GHSV, etc.). However, a good understanding of these characteristic times leads to the definition of a good approach for the intensified reactor design while suppressing, as much as possible, all limitations that reduce reactor performances. A subsequent process optimization study should be established on the basis of these principles.

Conclusions

This paper has presented a physically-comprehensible approach based on the application of characteristic time analysis and dimensionless Damköhler numbers to a process intensification problem related to the coupling of three elementary functions: catalytic reaction, heat exchange and membrane separation. The application of this analysis contributes to process innovation and is essential for proposing most relevant intensification strategies.

Coupling between reaction, heat exchange and membrane separation demonstrated the synergy between these functions leading to the identification of the optimal operating conditions and configuration.

The results of this approach show that coupling to a membrane improves the performance of conventional reactors over a certain conversion range. To make membrane coupling beneficial, a good parameterization of additional factors (ψ, Ф, etc.) influencing the membrane reactor performance is required. A trade-off between these factors enables to maintain a high transmembrane driving force without consuming excessive energy to maintain a significant pressure difference between the two zones. The membrane reactor performance is not only influenced by these factors, but also by a heat-exchange coupling.

Results show how efficient heat exchange allows for proper membrane operation, and how coupling to the membrane allows for an improved configuration of a heat-exchange reactor.

Simulation results have shown that, despite the minimized loss of hydrogen thanks to a good heat exchange that avoids the decrease of permselectivity with temperature, the membrane reactor performance remains better than a conventional reactor. This membrane type exhibiting high permselectivities for H O and H is already reported in the literature.

They generally have to face to stability issues at high temperatures. A good heat exchange makes this type of membranes promising. For the CO2 permeation, an efficient heat exchange and proper operating conditions will also significantly minimize CO2 permeation, and its consideration in this case will not affect the results obtained. Alternatively, conventional zeolite membranes also allow the methanol permeation through the membrane. To avoid the problem of species permeation, literature works propose the presence of the same species in both reaction and permeation zones to minimize the driving force of mass-transfer through the membrane, either by identical sweep feed or by recycling of the sweep gas. Due to economic costs and technical feasibility, the development of membranes allowing, at most, the permeation of small molecules remains preferred.

The present work revealed that the proposed catalyst distribution in the reactor allows to reach similar results at the reactor outlet as the uniform catalyst distribution. This distribution allows a 21% reduction of the total mass of active catalyst, and a significant reduction in the hot spot intensity within the reactor. This distribution slows down the water production rate at the reactor inlet. This observation challenges what is often reported in the literature that coupling to a membrane in co-current mode is always better than the counter-current mode due to the high water concentration at the reactor inlet. With slower water production rate at the reactor inlet, the counter-current mode could be treated as a perspective and compared to the co-current mode.
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 1 Fig. 1. Schematic representation of the considered approach.

  (a) 1D plug-flow pseudo-homogeneous reactor; (b) steady state and negligible pressure drop along both reaction and permeation zones; (c) due to a reactor ratio Length/Diameter over 50, the radial gradients are neglected at any given axial position; (d) due to the chosen catalyst particle size and solid conductivity, internal transfer resistances may be neglected; (e) the membrane exhibits no resistance to heat transfer (temperatures in both reaction and permeation zones are equal).

Fig. 3 .

 3 Fig. 3. Dimensionless molar flow rate evolutions of CO2 and H2 along the reactor. (? 6 7/6 = ∞, ψ = 0.8 and Ф = 1)
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 4 Fig. 4. Impact of coupling to elementary functions, (a) coupling to a heat exchange at , = 25, Tf = 240 °C (b) coupling to membrane separation.
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 57 Fig. 5. Effect of reaction Damköhler number and separative Damköhler number on COX
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 6 Fig. 6. Evolution of the water and hydrogen partial pressure profiles along the membrane
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 7 Fig. 7. Evolution of the dimensionless molar flow rate of species along the membrane reactor,

  final conversion at different sweep flow rate ratios (Ф) and pressure ratios (ψ) for ? 6 7/6 = ∞ and ? 6 7/6 = 38, respectively. For the different ψ considered, the pressure in the reaction zone is set at 5MPa. Figures on the left(a, b and c) show the results obtained for Ф =1, 5 and 10 respectively, at ψ = 0.8. Figures on the right side (d, e and f) show the results obtained for Ф =1, 5 and 10 respectively, at ψ = 0.2.
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 89105 Fig. 8. Effect of reaction Damköhler number and separative Damköhler number on COX conversion for various sweep flow rate (Ф) and pressure (ψ) ratios at ? 6 7/6 = ∞ and 4 C () =
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 10 Fig. 10. Evolution of the water partial pressure profile along the membrane reactor (in the
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 11 Fig. 11. Effect of membrane permselectivity (? 6 7/6 ) and separative Damköhler number on COX conversion at , = 100.
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 12 Fig. 12. Effect of reaction Damköhler number and thermal Damköhler number on COX

Fig. 13a presents

  Fig. 13a presents an overview of a configuration extracted from cartographic

Fig. 13 .

 13 Fig. 13. Effect of the different catalyst distributions on the evolution within the reactor, (a)

  

Table 2

 2 Correlations for equilibrium constant calculations[START_REF] Lu | Simulation and Experiment Study of Dimethyl Ether Synthesis from Syngas in a Fluidized-Bed Reactor[END_REF][START_REF] Graaf | Chemical Equilibria in Methanol Synthesis[END_REF][START_REF] Moradi | Equilibrium Calculations for Direct Synthesis of Dimethyl Ether from Syngas[END_REF].

	Reaction			Expression	Unit
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  Where ԑ is the catalytic bed porosity, -. is the reactor length, B C is the inlet superficial velocity, P 0 is the catalyst bed density, + is the kinetic constant of reaction j, J is the pressure order related to the kinetic constant + , Ω = ¹~ -• 4 ⁄ is the cross section of the reaction zone, L 6 7 = Ƥ 6 7 > ; C is the water transfer coefficient through the membrane, Ƥ 6 7 is the water permeance, P < R is the inlet molar density in the reaction zone, D is the
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	overall heat-transfer coefficient and = 4		~ ⁄	-	•	is the interfacial area of heat
	transfer per unit reactor volume.				
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(

, = 20 and 80), and for different membrane permselectivities (? 6 7/6 = ∞ and ≠ ∞).

The values of the permselectivity (? 6 7/6 ) as a function of temperature are computed thanks to a fitting on MATLAB (Trust-Region algorithm, Bisquare method and 95% confidence bounds) of the experimental points presented in the work of Rohde et al. [START_REF] Rohde | Fischer-Tropsch Synthesis with In-Situ H20 Removal by a New Hydrophilic Membrane -An Experimental and Modelling Study[END_REF] in a temperature range from 200 to 350 °C, based on an Arrhenius-type law (equation ( 14)): 

The analysis of these maps provides an overview of the rates characterizing each phenomenon. In order to understand the physical meaning, when the characteristic heat-

The applied approach can be flexibly extended for other balanced exothermic reactions. In order to further improve this approach and to propose new methodological structures, optimization methods could be used additionally in the subsequent works in order to provide the parametric optimization of the process to be intensified.
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